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Renewable and sustainable solutions in energy and transportation sector are under vast research 
and development to mitigate anthropogenic emissions and climate change. Alternative fuels to 
replace the conventional fossil fuel –based ones play an essential role to reduce the environmental 
impact in transportation. Methanol production based on renewable energy provides an interesting 
option in sustainable fuel production industry. In addition, methanol is extensively applied as a 
base component in chemical industry. 
 
The first part of this thesis provides a literature review on pathways and equipment in methanol 
production. The second part focuses on a simulation of a methanol production process modelled 
in Aspen Plus software. A complete process configuration from CO2 extraction from ambient air 
and hydrogen production by water electrolysis to methanol synthesis via CO2 hydrogenation is 
included in the model. The results are analyzed focusing on viewpoints on material and energy 
consumption and process optimization. 
 
The material and energy requirements in the considered scale (170 000 t of methanol per year) are 
substantially large especially if considering renewable energy sources exclusively. However, 
optimization of the processed streams could largely reduce the material consumption. A major 
share of the electricity consumption is induced by the hydrogen production step. Thus, (at least 
partial) hydrogen feedstock and/or electricity from other sources is suggested. Heat integration of 
the plant is investigated applying Aspen Energy Analyzer. The heating requirements of the entire 
process could be fulfilled with optimized heat integration and purge combustion in the 
synthesis/distillation step. However, the large amount of purges result in a relatively low carbon 
conversion rate (76,7 %). In general, the plant performance seems to be reasonable considering 
key values in efficiency (energy efficiency on LHV basis is 43,1 % and on HHV basis 50,0 %). 
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Uusiutuvat ja kestävät ratkaisut ovat energiantuotanto- ja liikennesektorilla laaja-alaisen 
tutkimus- ja kehitystyön kohteena ihmisperäisten päästöjen ja ilmastonmuutoksen 
hillitsemiseksi. Vaihtoehtoiset polttoaineet perinteisten fossiilisten polttoaineiden 
korvaamiseksi ovat olennaisessa asemassa liikenteen ympäristövaikutusten vähentämiseksi. 
Metanolin tuotanto uusiutuvan energian avulla on mielenkiintoinen ala kestävässä 
polttoaineteollisuudessa. Lisäksi metanolia hyödynnetään laajalti peruskemikaalina kemian 
tekniikassa. 
 
Työn ensimmäinen osa sisältää kirjallisuuskatsauksen metanolin tuotannossa käytetyistä 
menetelmistä ja laitteistoista. Toinen osa keskittyy Aspen Plus –ohjelmistolla tehtyyn 
simulaatioon metanolin tuotannosta. Malli sisältää koko prosessiketjun hiilidioksidin 
talteenotosta ilmasta ja vedyntuotannosta vesielektrolyysin avulla synteesiin hiilidioksidin 
hydrauksella. Tulosten analysointi keskittyy näkökulmiin materiaalien ja energian 
kulutuksesta, sekä prosessioptimoinnista. 
 
Prosessin materiaali- ja energiavaatimukset ovat huomattavia valitussa skaalassa (170 000 
tonnia metanolia vuodessa) mikäli tarvittava energia olisi uusiutuvin keinoin tuotettua. 
Käytettyjen materiaalivirtojen optimointi kuitenkin pienentää suuressa määrin raaka-
aineiden kulutusta. Selkeästi suurin osa sähköntarpeesta on peräisin 
vedyntuotantovaiheesta. Täten (ainakin osittainen) muualta saatu vety- ja/tai sähkövirta olisi 
suositeltua. Prosessin lämmönsiirtoverkon optimointia tutkittiin Aspen Energy Analyzer –
työkalun avulla. Koko prosessin lämmöntarve pystytään täyttämään optimoidun 
lämmönsiirtoverkon ja synteesi-/tislausvaiheen ylijäämien polton avulla. Suuri 
ylijäämävirta kuitenkin johtaa suhteellisen alhaiseen prosessin hiilen konversioarvoon 
(76,7 %). Yleisesti ottaen prosessin tehokkuuden avainluvut ovat hyväksyttäviä 
(energiatehokkuus alemman lämpöarvon perusteella 43,1 % ja ylemmän lämpöarvon 
perusteella 50,0 %). 
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CAMERE    Methanol synthesis process applying carbon dioxide hydrogenation via reverse 
water-gas shift reaction 
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1  Introduction 
 
Climate change and diminishing fossil resources are globally increasing environmental awareness 
and interest in renewable and sustainable solutions. Low-emission technologies substituting the 
conventional fossil fuel-based methods are in an essential role in mitigating anthropogenic 
environmental impact. A major share of the greenhouse gas emissions originate from energy 
production and transportation. Thus, alternative fuels for replacing the traditional fossil fuels 
applied in transportation are under vast research and development. Among these, renewable 
methanol is one of the most promising options in sustainable fuel production industry. 
 
The role of renewable methanol production may be different depending on the source of the 
renewable electricity and feedstocks applied in the process. Considering fluctuating electricity 
sources such as solar and wind power, large amounts of produced electricity are occasionally 
curtailed as a surplus electricity when the demand is low. Thus, methanol production may be 
applied as an energy storage method to compensate the differences between demand and supply. 
However, dynamic operation of a methanol production plant may not be feasible and electricity 
storage or additional electricity from the grid would probably be required. Considering steady-
state renewable energy sources such as geothermal energy, methanol production is a valid 
application for fuel production exploiting conventional process equipment. 
 
Methanol (CH3OH) is the simplest form of alcohols. In STP conditions, it is a clear liquid-state 
chemical (boiling point at 64,7 oC and melting point at -97,7 oC).  As a liquid-state chemical, 
methanol may be feasibly stored and transported with the existing infrastructure. The primary 
applications for methanol cover three different categories: exploitation as a fuel, raw material 
feedstock for synthetic hydrocarbons and electricity production in a direct methanol fuel cell 
(DMFC). In fuel applications, methanol may be blended with gasoline. However, both the 
volumetric and specific energy densities of methanol are approximately half of those for gasoline 
and diesel. (Olah, 2005) 
 
This thesis consists of two major parts. First, a literature review about different methanol 
production methods and equipment is provided. The second part of the thesis provides an 
investigation about a simulation modelled with Aspen Plus software. The model includes an entire 
methanol production process via carbon dioxide hydrogenation. The investigated process covers 
the whole production scheme from CO2 extraction and hydrogen production finally resulting in 
distilled high purity methanol. The results are analysing the feasibility of the process together with 
energy efficiency and mass balance calculations.




2  Pathways in methanol production 
 
This chapter introduces several methanol production processes. In addition, carbon dioxide 
extraction and hydrogen production processes are examined as methanol production via CO2 
hydrogenation is the focus in this study. 
The primary processes applied in methanol production are hydrogenation from syngas, reductive 
conversion of CO2 with hydrogen and direct oxidative conversion of methane. For the last few 
decades, practically every commercial application for methanol production has been operated 
applying a two-stage process where natural gas (essentially methane) was first converted to syngas 
and then to methanol. (Gesser et al. 1985) The syngas has traditionally been obtained by coal 
gasification but steam methane reforming of natural gas is currently the most applied method in 
syngas production. However, any material containing coal may be applied as a feedstock for 
methanol production. (Frilund 2016) (Olah 2005) 
In renewable methanol production, similar pathways may be followed. The primary processes for 
renewable methanol production are introduced in Figure 2.1. In general, carbon and hydrogen 
feedstocks are required in any methanol production process. Renewable carbon feedstocks provide 
options for production of syngas and/or pure CO2. Hydrogen may be produced in several methods 
such as natural gas reforming and water splitting methods such as electrolysis. (DOE) Considering 
sustainable hydrogen production, electricity from renewable sources is typically applied in water 









2.1   Carbon dioxide hydrogenation 
 
In carbon dioxide hydrogenation, methanol is produced applying pure CO2 and H2 streams as 
feedstock. Methanol production from pure CO2 feedstock follows three primary reactions. In 
addition to the CO2 hydrogenation reaction, the reverse water gas-shift reaction is present resulting 
in carbon monoxide and water. The produced carbon monoxide is further hydrogenated into 
methanol via another hydrogenation reaction. The reaction rates are dependent on the applied 
catalyst and operational conditions. (Frilund 2016) 
 




CO2 + 3 H2 ⇆ CH3OH + H2O             ΔHR,298K = -49,5 kJ/mol  (Eq. 2.1) 
 
Reverse water-gas shift: 
 








Additionally, an approach to methanol production from CO2 is the CAMERE process where 
methanol is produced via CO2-to-CO process. However, this process is proven to be less energy- 
and economically efficient than the direct hydrogenation of CO2. As seen in the CO2 hydrogenation 
reaction, one third of the hydrogen is converted into water, thus resulting in a large non-desirable 
by-product yield. (Frilund 2016) 
 
2.1.1   Carbon dioxide extraction 
 
Stationary applications such as (especially fossil fuel -based) energy production and cement 
industry are among the largest contributors for anthropogenic CO2 emissions, in addition to mobile 
sources such as transportation. (EPA) Consequently, CO2 capture applications are principally 
located along major point sources such as fossil fuel -fired power plants and cement production 
facilities. Pre-, oxy- and post-combustion capture processes are the three most mature methods for 
CO2 capture considering power plants. (Leung et al. 2014) In cement industry, post-combustion 
and oxy-combustion processes are the most promising applications as pre-combustion techniques 
are too impractical to be applied in the phase (limestone conversion to calcium oxide) in which 
most of the CO2 is emitted. (Meunier et al. 2014) 
 
Various other methods have been developed to produce a pure CO2 stream, as well. Considering 
this research, CO2 capture from ambient air provides interesting possibilities as such applications 
may be situated in any location. Consequently, direct air capture equipment may be connected 






2.1.1.1   Carbon dioxide capture from ambient air 
 
CO2 capture from ambient air provides several desirable possibilities in producing a CO2 feedstock 
and reducing the CO2 content in the atmosphere. The method is unrestricted considering location 
as CO2 emissions are rapidly mixed with air and diluted and conveyed around the globe. As a “last 
resort” capture method ignoring the source of emissions, direct air capture is mitigating the 
fundamental problem of increase in the greenhouse gas concentrations in the atmosphere and even 
reducing the effect of past emissions. Additionally, atmospheric carbon dioxide may be considered 
as an abundant feedstock. (Lackner 2009) 
 
The price estimations in literature for direct air capture of CO2 largely differ from each other and 
the method is often discussed not to be economically feasible. However, various sources provide 
an estimation that is competitive with the average price for CO2 extracted with conventional 
methods. (Sanz-Pérez et al. 2016) The process applied as the fundamental scheme for this research 
provided by Keith et al. (2018) is estimated to result in a cost of 94-232 USD/t of CO2 depending 
on the configuration and possible operational connections in the complete plant design. 
 
2.1.1.2   Sorbents 
 
Several sorbent types have been proven to be appropriate for CO2 capture in various, fossil-fuel 
based flue gas, applications. However, the CO2 concentration in atmosphere is naturally much 
lower than in the flue gases from fossil fuel combustion. A large share of the sorbents designed 
for flue gas cleaning offer a poor performance when the CO2 concentration is reduced. Among the 
applied sorbents in CO2 extraction, chemisorbents such as calcium hydroxide, sodium hydroxide 
and potassium hydroxide provide the best efficiency when processing a feedstock of low CO2 
concentration. (Sanz-Pérez et al. 2016) 
 
Most of the current direct air capture applications are applying sodium hydroxide as a sorbent. 
Such configurations are employing or variating the Kraft process that has been exploited, 
originally by paper industry, since the late 19th century. Applications utilizing potassium 
hydroxide as a sorbent follow similar methods to the NaOH processes. In a technical viewpoint, 
the only major difference is to apply KOH and K2CO3 instead of NaOH and Na2CO3 in the carbon 
capture loop. The carbonate compound is then reacting with calcium hydroxide (Ca(OH)2) to form 
calcium carbonate (CaCO3) which is heated to release the captured CO2. The remaining calcium 
oxide (CaO) is then reacting with steam to obtain the required calcium hydroxide. (Sanz-Pérez et 
al. 2016) Potassium-based configurations provide a decrease in the sorbent regeneration 
temperature compared to processes applying sodium hydroxide as a sorbent. (Goeppert et al. 2012) 
 
Aqueous amine solutions are among the most traditional sorbents applied in gas phase CO2 
separation from sources with high CO2 concentration. For direct air capture of CO2, solid-
supported amine sorbents are currently the most studied materia. The chemical reaction between 
CO2 and the amines creates strong bonds and allows high uptake rates when processing gas streams 
of low CO2 concentration. Consequently, these organic-inorganic hybrid sorbents provide high 
selectivity and heat of sorption towards CO2, thus being favourable for direct CO2 capture from 
ambient air. (Sanz-Pérez et al. 2016) 
 
Poly(ethylenimine) has been the sorbent under primary research focus. It is an amine-containing 





adsorption and vacuum swing adsorption conditions, Typically, poly(ethylenimine) is applied as 
oxide compounds to achieve higher stability considering sorbent recycling and thermal conditions. 
Several studied silica-based sorbents with different (33 %-50 %) poly(ethylenimine) loads 
provided the best CO2 uptake values at temperatures similar to atmospheric conditions (max. 50 
oC). The CO2 capture potential of these sorbents drastically decreased with increased temperatures. 
(Sanz-Pérez et al. 2016) 
 
In addition to temperature, the moisture of the processed air has an impact on the efficiency of 
poly(ethylenimine) sorbents. Typically, the CO2 adsorption potential of amines increases in the 
presence of water by allowing bicarbonates to formate. However, the effect of moisture variates 
depending on the poly(ethylenimine) concentration in the sorbent. In a study performed by 
Goeppert et al. (2011), a sorbent of 33 % poly(ethylenimine) concentration increased its CO2 
adsorption rate when increasing the moisture in the processed air. On the contrary, the CO2 
adsorption rate of a sorbent of 50 % poly(ethylenimine) concentration decreased with higher 
moisture content in the processed air. (Goeppert et al. 2011) 
 
Metal-organic frameworks (MOFs) have been applied in CO2 adsorption, as well. Shekhah et al. 
(2014) proposed a novel recyclable MOF composition that provides high adsorption capacity and 
selectivity towards CO2 in both low and high CO2 concentrations, thus being suitable for air 
capture applications. Additionally, this MOF sorbent indicated no decrease in performance when 
studied with increased humidity levels. 
 
2.2   Hydrogen production 
 
The methods in conventional hydrogen production are primarily based on fuel processing 
technologies. The typical processing methods apply reforming or gasification technologies, 
reforming of hydrocarbons (mainly steam reforming of methane) being the most exploited process. 
Considering low emission hydrogen production, water electrolysis coupled with renewable 
electricity is typically applied. (Holladay et al. 2009) 
 
In water electrolysis, the water molecules are split with the aid of an electrical current following 
the simple overall reaction: 
 
H2O ⇆ H2 + 1/2 O2                 ΔHR,298K = -288 kJ/mol  (Eq. 2.4) 
 
(Holladay et al. 2009) 
 
The most applied process for water electrolysis is alkaline electrolysis that has been in 
commercially available for several decades. Additionally, polymer electrolyte membrane (PEM) 
electrolysers are applied in commercial installations. Along with PEM electrolysis, anion 
exchange membrane electrolysis is under research and development. For steam electrolysis, solid 










2.2.1   Alkaline electrolysis 
 
In alkaline electrolysis, water is typically fed to the electrolyser on the cathode side where it splits 
into hydrogen and hydroxide ions. The hydroxide ions are transported through a liquid alkaline 
electrolyte (typically an aqueous KOH solution) to the anode side where they react into oxygen, 
water and electrons. (Mergel et al. 2013) The operational principles of alkaline electrolysis are 
introduced in Figure 2.2. 
 
 
Figure 2.2. The operational principles of alkaline electrolysis.    (Mergel et al. 2013) 
 
Typical energy requirements and current densities in alkaline electrolysis range between 4-5 
kWh/Nm3 of H2  and 0,2-0,4 A/m2. The operational temperature ranges between 40-90 oC. Higher 
efficiencies and more reliable operation may be achieved in higher temperatures. (Mergel et al. 
2013) 
 
Alkaline electrolysers have proven to successfully operate at intermittent loads. The electrolyser 
power may be relatively effortlessly adjusted by adapting the current density. However, side-
electrolysis phenomenon determines a certain minimum load for every alkaline electrolyser. 
Depending on the electrolyser type, the minimum load is usually estimated to be 20-25 % under 
which the side-electrolysis may not be neglected. Additionally, alkaline electrolysers do not react 
instantaneously to load changes and discontinuous operation may conduct some additional 






2.2.2   Polymer electrolyte membrane electrolysis 
 
In polymer electrolyte membrane (PEM) electrolysis, water is split into oxygen, protons and 
electrons by applying a DC voltage that is higher than the thermoneutral voltage of the electrolyser. 
Typically, water is fed to a PEM electrolyser on the anode side. (Mergel et al. 2013) The oxygen 
is collected from the anode side and the protons pass through the electrolyte membrane to combine 
with electrons to form hydrogen on the cathode side. Thus, the PEM electrolysis process is similar, 
but reverse, to the process occurring in a PEM fuel cell. (Barbir 2005) 
 
PEM electrolysers are argued to reach higher performance in a dynamic operational context than 
the more conventional alkaline electrolysers. The solid polymer membrane responds more rapidly 
to fluctuating input power than the liquid alkaline electrolyte and the normal operational load range 
of PEM electrolysers is larger than that of alkaline electrolysers. Additionally, the system design 
is more compact due to the lack of liquid electrolyte and additional equipment required in an 
alkaline electrolyser system. (Koponen 2015) However, costful components (noble metal catalysts 
and expensive components such as membranes, current collectors and separator plates) required 
in the process together with its lower state of development induce high expenses for PEM 
electrolysers compared to alkaline electrolysers. (Mergel et al. 2013) 
 
2.2.3   Solid oxide electrolyser cells 
 
Solid oxide electrolyser cells (SOECs) provide a more desirable performance compared to PEM 
and alkaline electrolysis as it produces a higher chemical reaction rate for hydrogen demanding 
less electrical energy. SOEC electrolysers operate at higher temperatures than equipment for water 
electrolysis due to the ceramic components which are conductive only at high temperature levels. 
Thus, thermal energy is required in addition to the electricity and the processed water is in the 
form of steam. The high temperature level, especially in the product gases, provides opportunities 
to utilize the waste heat from the process. A potential option for waste heat recovery is to preheat 
the feed water by a heat exchanger. (Ni et al. 2008) 
 
The primary components of a SOEC consist of two porous electrodes and a dense ionic conducting 
electrolyte between them. The processed steam is fed to the cathode. Under a required electrical 
potential, the steam diffuses to the reaction sites and dissociates to hydrogen gas and oxygen ions 
at the cathode-electrolyte interface. The obtained hydrogen is collected at the cathode surface and 
the oxygen ions are conducted through the electrolyte to the anode where they are oxidized to 
oxygen gas. (Ni et al. 2008) 
 
2.3   Conversion from methane 
 
Methane is currently the primary carbon feedstock in methanol production. Several pathways for 
methanol production from methane may be followed. Two-stage conversion from methane is 
presently the most common method. In addition, direct conversion methods are applied. 
 
2.3.1   Two-stage conversion 
 
At present, the most applied method to produce methanol exploiting a feedstock of natural gas 
(essentially methane) is via a two-stage conversion process. The first step of the process is to 





hydrogenation. The operating temperatures and pressures required for exploiting this process are 
substantially high. Thus, large amount of energy is required to complete the process. Adding large 
capital costs for the equipment, the method is economically feasible only for large-scale 
applications. 
 
2.3.1.1   Methane-syngas 
 
Various different processes are applied in methane conversion to syngas. The two most common 
processes in industrial applications are steam methane reforming and (catalytic) partial oxidation. 
Depending on the process configuration, multiple conversion technologies may be combined to 
improve the application performance. (Baltrusaitis, Luyben 2015) 
 
2.3.1.1.1   Steam methane reforming 
 
Steam methane reforming is a widely applied syngas generation process with an extensive 
industrial experience. The process is capable to produce syngas with a high hydrogen content 
(H2:CO ratio of ~3) which is an advantage considering methanol production industry where similar 
ratios are required. Steam methane reforming process is largely endothermic and favours high 
temperature and low pressure conditions. (Baltrusaitis, Luyben 2015) However, the process 
temperature in steam methane reforming is low compared to other available technologies for 
syngas generation. (Wilhelm et al. 2001) 
 
The primary reaction in steam methane reforming is: 
 
CH4 + H2O ⇆ CO + 3 H2    (Eq. 2.5) 
 
Steam-to-methane (H2O:CH4) molar ratios of 3 are typical for steam methane reforming 
applications. Increasing steam-to-methane feed ratio or/and temperature conduct higher methane 
conversion rates. (Baltrusaitis, Luyben 2015) 
 
The large amount of high temperature steam has high energy requirements and induces corrosion 
in reactor equipment. Adding the expensive process infrastructure, the syngas process is costful 
and typically responsible for 60 to 70 % of total methanol production costs. (da Silva 2016) 
 
2.3.1.1.2   Dry methane reforming 
 
Dry methane reforming process provides an end product stream including carbon monoxide and 
hydrogen in a one-to-one ratio. In the process, methane reacts with carbon dioxide following a 
primary reaction of: 
 
CH4 + CO2 ⇆ 2 CO + 2 H2   (Eq. 2.6) 
 
Dry methane reforming process is largely endothermic requiring much additional heating. 
Similarly to steam methane reforming, methane conversion rate is favoured by increased 








2.3.1.1.3   Autothermal reforming 
 
In autothermal reforming, an oxygen stream is fed to the reactor inducing a partial oxidation 
reaction for methane. The heat from this exothermic reaction of is further exploited in to supply 
the required heat in the endothermic reforming reaction. The autothermal reforming process 
supports reduction of CO2 emissions due to the lack of external heating equipment. The partial 
oxidation process conducts a need for larger methane feed and a relatively expensive oxygen 
feedstock. However, the capital cost for an autothermal reforming unit is typically less expensive 
than for steam reforming. (Baltrusaitis, Luyben 2015) 
 
2.3.1.1.4   Partial oxidation of methane to syngas 
 
The primary feedstocks for partial methane oxidation processes consist of methane and oxygen. 
Compared to steam reforming , partial oxidation process produces a syngas stream of lower H2/CO 
ratio (typically from 1 to 1,6). Catalytic partial oxidation processes typically operate at lower 
temperatures (below 800 oC) than non-catalytic ones which are operated at temperatures above 1 
200 oC. (Baltrusaitis, Luyben 2015) 
 
The primary reaction in partial oxidation of methane to syngas is: 
 
CH4 + 1/2 O2 ⇆ CO + 2 H2            ΔHR,298K = -36 kJ/mol  (Eq. 2.7) 
 
(York et al. 2003) 
 
The typical catalysts for partial oxidation process are supported nickel, cobalt, iron or noble metal, 
and transition metal carbide compounds. For oxidative methane-syngas conversion, two general 
methods have been studied over metal catalysts: 
 
 Combustion and reforming reactions mechanism, which is an indirect conversion 
mechanism in which methane is first totally combusted and steam and dry reforming 
reactions are added downstream in the process 
 
 Direct partial oxidation mechanism, which is a direct oxidation mechanism in which 
surface carbon and oxygen compounds form the primary products 
 
(York et al. 2003) 
 
2.3.1.2   Methanol hydrogenation from syngas 
 
Syngas refers to a mixture of hydrogen, carbon monoxide and carbon dioxide. When applied as a 
feedstock for methanol production, the composition of the syngas has an explicit impact on the 
reaction kinetics and resulting yields from the process. Methanol hydrogenation from syngas 
follows the same primary reactions as methanol production via CO2 hydrogenation (Eq. 2.1-2.3). 
 
The process is rather sensitive to various parameters such as thermodynamic conditions and the 
CO2 concentration of the syngas. Thus, specific catalysts and recycling of the unreacted gases are 
typically required to reach desirable methanol yields. Low-temperature catalysts are among the 






 High CO2 concentration: Water-gas shift reaction progresses only in reverse direction, 
reducing the amount of CO2 and increasing the water concentration. Low methanol yields 
and extremely poor methanol selectivity. 
 
 Moderate CO2 concentration: Forward water-gas shift reaction active. High CO2 
hydrogenation rate. Selectivity to methanol slightly decreased and water production net 
rate slightly increased. 
 
 Low CO2 concentration: Limited methanol formation. Water-gas shift reaction active in 
forward direction. 
 
 Very low CO2 concentration: Catalytic activity significantly reduced. Increased potential 
for catalyst deactivation, carbon deposition and/or catalyst oxide reduction. 
 
(Lee, Sardesai 2005) 
 
Co-production of methanol and dimethyl ether may significantly increase the reactor productivity. 
Dual catalysts designed for this co-production process perform high activities and reduced 
deactivation potential. (Lee, Sardesai 2005) 
 
2.3.2   Direct oxidation 
 
The two-stage conversion of methane to methanol is still the dominant process in methane-
methanol applications but direct oxidation of methane provides several advantages over the two-
stage process. Direct oxidation of methane to methanol is more energy-efficient compared to two-
stage conversion via syngas, and results in a liquid methanol yield in only one step. The main 
reaction in this process is the following: 
 
CH4 (g) + 1/2 O2 (g) ⇆ CH3OH (l)            ΔHR,298K = -30,7 kcal  (Eq. 2.8) 
 
(Gesser et al. 1985) 
 
The reaction may be executed in both gas and liquid phases. (Zakaria, Kamarudin 2016) 
 
The direct methane-to-methanol oxidation process has been under vast research over the last 
century. However, the conversion rate and selectivity for methanol have remained as a challenge. 
(Han et al. 2016) The main approaches in the research for direct methane oxidation are conversion 
process techniques in low temperature and pressure conditions, and different catalyst applications. 
 
 
2.3.2.1   Heterogeneous oxidation 
 
In heterogeneous methane-methanol oxidation, a catalyst (typically a transition metal oxide 
compound) is added to support the conversion process. The most widely studied catalysts are based 







2.3.2.2   Homogeneous gas phase oxidation 
 
In addition to catalytic processes, direct oxidation of methane to methanol may be achieved non-
catalytically via homogeneous oxidation in gas phase. The reaction is fundamentally dependant on 
the process temperature and pressure. The process initial temperature has to be high enough (above 
400 oC) to initiate the oxidation chain reaction, but the equilibrium temperature should be below a 
certain limit (550 oC) to avoid further oxidation of the oxygenates. High pressure (typically 10-80 
bar) is necessary for decent process conditions. An increase in the process pressure conducts an 
increase in methanol yield due to the process kinetics and typically reduces the optimal 
temperature for methanol selectivity. (Han et al. 2016) 
 
2.3.2.3   Aqueous homogeneous oxidation 
 
Aqueous homogeneous oxidation is a method applicable for converting methane to methanol 
resulting in a relatively high end product yield in mild conditions. However, a significant drawback 
in the process is that a major share of the currently discovered mediums necessary for the 
applications are strong acids (such as trifluoroacetic acid) and thus corrosive and seriously 
contaminant. Eliciting a sustainable medium is one of the main research subjects in the process 
examination. A few environmentally friendly solvents have been proposed and experimentally 
proven to reach suitable catalytic properties and high selectivity for methanol, but they are still 
examined only in experimental scale and far from exploitation in industrial applications.  
(Han et al. 2016) 
 
2.4   Other methanol production methods 
 
In addition to the typical methanol production methods, several novel pathways for methanol 
production are studied. Among these, CO2 capture from air with direct conversion to methanol and 
bio-catalysis are introduced here. 
2.4.1   Carbon dioxide capture from air and direct conversion to   
methanol 
Kothandaraman et al. (2015) studied direct CO2 conversion to methanol over a novel catalyst after 
capture from ambient air. Instead of poly(ethylenimine), they applied pentaethylenehexamine 
(PEHA) as an ethereal sorbent. A ruthenium-based catalyst was introduced to convert the reaction 
mixture to methanol after CO2 capture. The presence of polyamines occasionally deactivate the 
catalyst in similar processes. However, no significant catalyst deactivation was observed in this 
process configuration. On the contrary, both the catalyst and PEHA sorbent provided excellent 
recycling properties. The catalyst performed at 75% of the initial activity after 5 cycles in the 
hydrogenation process. 
The examined application seemed to provide efficient results in CO2 hydrogenation from synthetic 
air, providing methanol at a 79% conversion rate. Applying a triglyme/H2O mixture, process 
temperature of 155 oC and pressure of 50 bar resulted in a 61 % methanol yield. The 79 % methanol 








2.4.2   Bio-catalysis 
 
Direct conversion of methane to methanol may be achieved with the aid of enzyme-catalysed 
reactions, as well. These natural catalysts are named as methane mono-oxygenase enzymes. The 
advantages of these enzymes include their high product selectivity and ability to operate in ambient 
conditions. However, the drawbacks include low activity for methanol production and the 
requirement for an expensive reductant supply. (Kondratenko et al. 2017) (Zakaria, Kamarudin 
2016) 
 
Methane mono-oxygenase enzymes may be divided into two subgroups, soluble methane mono-
oxygenase enzymes and particulate methane mono-oxygenase enzymes. Soluble methane mono-
oxygenase enzymes require a nicotinamide adenine dinucleotide reductant as an electron donor in 
the process but particulate methane mono-oxygenase enzymes may exploit electrons from 
























3   Equipment for methanol synthesis and distillation 
 
This chapter introduces some of the typical and more novel equipment applied in methanol 
synthesis and distillation. 
 
3.1   Synthesis reactors 
 
Various different reactor types may be applied for methanol production processes. Currently, 
packed bed reactors are the most employed reactor type for methanol synthesis and may be applied 
for methanol production from various feedstocks. (Frilund 2016) Fluidized bed membrane reactors 
are among the more novel reactor types under research. (van der Ham et al. 2012) 
 
Typical operating temperatures and pressures in methanol synthesis range between 200-300 oC 
and 50-100 bar. The reaction is regulated by the limits of chemical equilibrium resulting in an 
incomplete conversion. Thus, the synthesis process configuration typically contains a recycle 
system for the unreacted components. As the reactor outlet stream is in gaseous phase, the reacted 
mixture is cooled down before the separation of the recycle stream. The separation is typically 
performed in a gas-liquid flash separator as the recycled components (primarily COx and H2) are 
still in a gaseous form and the liquid form product stream (primarily methanol and water) is sent 
to distillation. (Kiss et al. 2016) A simplified typical synthesis process configuration is introduced 
in Figure 3.1. 
 
 








3.1.1   Packed bed reactors 
 
Packed bed reactors, or fixed bed reactors, are tubular reactors containing a bed of solid catalyst. 
They are designed for heterogeneous catalytic reactions and are applied for gas-solid, liquid-solid 
and gas-liquid-solid reactions. Packed bed reactors may be applied in either adiabatic or isothermal 
operation. Isothermal packed bed reactors are typically multitubular to allow higher heat transfer 
performance and cooled with water. (Frilund 2016) 
 
As the synthesis reaction is highly exothermic, effective and continuous heat transfer is required 
to maintain the desired temperature level. The reactor design largely resembles that of a heat 




Figure 3.2. Typical packed bed reactor design.     (The Linde Group 2018) 
 
The most employed catalyst for methanol synthesis in packed bed reactors seems to be a 
Cu/ZnO/Al2O3 -compound. Studt et al. (2014) examined the behaviour of Ni-Ga -based catalysts 
in a packed bed reactor. The investigated catalysts seem to overcome the conventional 
Cu/ZnO/Al2O3 -catalysts considering several aspects, especially when operated in temperatures 
above 220 oC. The primary advantage is that Ni-Ga -catalysts increase the methanol yield by 
reducing the reverse water-gas shift reaction rate compared to Cu-Zn -catalysts which induce high 
rates of rWGS. Among the examined Ni-Ga -catalysts, Ni5Ga3/SiO2 is particularly active towards 
methanol synthesis. 
 
Wang et al. (2011) examined various catalysts for CO2 hydrogenation covering a large number of 
different metal-based catalysts, focusing on variations of Cu-Zn -catalysts. In their research, 
Cu/pentane/NC-ZnO -compound operated at 450 oC reached the highest CO2 conversion rate (80 
%). Additionally, they discovered multiple substances that may be combined with the traditional 
Cu/ZnO/Al2O3 -catalyst to improve its performance. 
 
3.1.2   Two-stage catalyst bed reactor 
 
Two-stage reactor concepts allow optimizing equipment size by decreasing the recycle ratio and 
improving heat integration between the two reactor stages. They are typically applied in large-
scale systems where these properties are important in process optimization. Lurgi MegaMethanol 





reactor types in commercial plants. The two-stage Lurgi MegaMethanol process is introduced in 




Figure 3.3. Lurgi MegaMethanol two-stage process design. 
 
Rahimpour (2008) examined a two-stage catalyst bed reactor concept corresponding the Lurgi 
MegaMethanol process. The model seems to overcome the traditional single-bed reactor 
considering certain attributes. The most desirable advantages compared to the single-bed reactor 
include more favourable temperature profile, higher conversion rate and longer catalyst lifetime. 
 
The first stage of the two-stage model is similar to a conventional water-cooled one-stage reactor, 





continuously reduces to provide an increasing thermodynamic equilibrium potential. The reaction 
rate is much lower in the second bed inducing less reaction heat that is applied to pre-heat the feed 
gas to the first bed. Milder temperature profiles in the second bed provide less extreme conditions 
for the catalysts, thus preventing the catalyst deactivation via sintering. (Rahimpour 2008) 
 
3.1.3   Fluidized bed membrane reactor 
 
Van der Ham et al. (2012) researched the operation of a fluidized bed membrane reactor in the 
scale of 10 kt/y methanol production. Additionally, Rahimpour and Alizadehhesari (2008) 
examined similar processes in their study about two-stage fluidized bed membrane reactor 
concept, combining some advantages of both two-stage and fluidized bed membrane technologies. 
In their process configuration, the fluidized bed membrane technology is applied in the second, 
gas-cooled, reactor while the first reactor remains as a conventional, water-cooled, packed bed 
reactor. This model seems to result in more preferable heat and mass transfer properties in the 
reactor. Deactivation of the catalyst is generally a primary issue considering the reactor design, as 
well. In a fluidized bed membrane reactor, the deactivated catalyst may effortlessly be removed 
and regenerated. (van der Ham et al. 2012) 
 
In their design, van der Ham et al. applied the mentioned Cu/ZnO/Al2O3 -compound in the 
membrane to operate as a catalyst. The process temperature is optimized to 250 oC. Higher process 
temperatures would destruct the membranes and lower process temperatures would result in low 
conversion levels. To control the process temperature, the reactor is applied with a water-cooling 
system through the reactor walls. (van der Ham et al. 2012) 
 
The designed process produces a desirable conversion rate for methanol. Van der Ham et al. report 
that the membrane type selection and the energy needed for hydrogen compression and CO2 
separation as critical process items. 
 
3.1.4   Coated catalytic reactors 
 
Coated catalytic reactors are among the most researched subjects in the field of CO2 hydrogenation 
to methanol at the moment. These reactors provide potential in improving small-scale renewable 
methanol synthesis applications. The main difference compared to the conventional reactor types 
is to apply the catalyst as a porous layer on the walls or other surface structure in the reaction 
chamber. (Frilund 2016) 
 
3.2   Distillation 
 
After methanol synthesis, the resulted crude methanol stream typically contains large amounts of 
water, some ethanol, dimethyl ether, and other impurities. Thus, distillation is required to reach 
methanol of high purity level. Methanol concentrations above 99 % may be obtained by applying 
appropriate distillation equipment. 
 
The crude methanol stream contains both low-boiling and high-boiling (boiling points above and 
below the boiling point of methanol) undesired components. Thus, at least two distillation columns 
operating at different temperatures are required to remove the impurities. Various distillation 
processes have been developed depending on the plant configuration but many of them follow a 





methanol is in liquid form. The low-temperature outlet stream is then inserted in a flash block to 
separate the gaseous components (CO, CO2 and H2) which are further recycled back to the reactor 
inlet stream. The resulting liquid stream consisting mostly of methanol and water is then processed 
in distillation and stripper columns to remove the water and other impurities. 
 
The typical amount of the columns applied has increased from the past. (Ott et al. 2012) Currently, 
a standard methanol distillation application consists of three or four columns. Adding more 
columns to the distillation arrangement increases the capital cost of the equipment. However, the 
energy savings conduct notable reduction in the operating costs, allowing the more complicated 
applications to be economically even more feasible. (Sun et al 2012) 
 
Distillation requires much energy as the process includes heat and mass transfer of considerable 
extent. Thus, energy-efficient solutions are desired and possible, typically applying heat recovery 
between the distillation columns. The energy-efficiency potential seems to increase when adding 
the number of columns. Novel five-column distillation schemes have been reported to achieve 
significant energy savings compared to four-column applications. (Sun et al. 2012) (Zhang et al. 
2010) 
 
Sadeghi and Ahangar (2012) studied a three-column distillation unit in a dynamic operation. 
Temperature and pressure are the main variables that affect the volatility of the components in the 
distilled composition. Thus, a reasonable amount of control over the operational variable, 
especially temperature and pressure, is required to achieve the highest efficiency in the distillation. 
This is emphasized in dynamic operation. Controlling the variables enhances the system 
performance, consequently facilitating energy savings and thermal load reductions, as well as 


























4   Modelling Approach 
 
This chapter introduces the model for simulating a methanol production plant via carbon dioxide 
hydrogenation. In the model, the whole process from CO2 extraction and hydrogen production via 
CO2 hydrogenation resulting in distilled high purity methanol is covered. With the considered 
methods, the model is resulting in a novel configuration considering the complete process design. 
 
The simulation is conducted applying commercial Aspen Plus V8.8 software. (AspenTech) It 
provides extensive tools to model chemical processes and their thermodynamic features. The 
software includes comprehensive background data considering various components and 
thermodynamic model sets applicable for different types of processes. The examined process is 
modelled in the software as a flowsheet consisting of suitable block (such as reactors or separators) 
and stream (such as material or heat) icons. When the required input data is inserted, the software 
simulates the process considering the given specifications and provides process data such as flow 
rates and energy requirements. The process behaviour may be examined by various analytical tools 
such as sensitivity analyses and optimizing variators, as well. The model includes a few Design-
Spec blocks which are an example of an analytical tool, iterating a fitting value for the selected 
input to match the determined specifications for a dependent variable elsewhere in the model. 
 
4.1   Description 
 
The simulation is investigating the feasibility of methanol production exploiting electricity from 
renewable (primarily solar and wind) power sources. The examined process may be divided into 
three major process blocks in the flowsheet: carbon dioxide extraction, hydrogen production and 
methanol synthesis together with distillation. The renewable electricity is mainly consumed in the 
hydrogen production step requiring large amounts of energy. 
 
The simulation is performed applying PSRK (predictive Soave-Redlich-Kwong) property method 
set except the hydrogen production phase where ENRTL-RK (electrolyte non-random two-liquid 
Redlich-Kwong) is applied due to the presence of electrolyte modelling. PSRK property method 
allows to model processes where a mixture of non-polar (such as CO2) and polar (such as water) 
compounds are operated in high temperatures and pressures in adequate accuracy. ENRTL-RK 
property method provides a comprehensive background for modelling processes including 
electrolytes and solvents of either high or low concentration. 
 
The model is scaled to produce 170 000 t of 99,6 % purity methanol per year. This corresponds to 
the initial capacity of Porvoo biodiesel refinery plant operated by Neste Oil when it commenced 
its operation in 2007. (Hydrocarbons Technology) The capacity equals to 21 250 kg/hr production 
rate when assuming a typical amount of 8 000 annual operational hours. 
 
4.2   Carbon dioxide extraction 
 
The carbon dioxide extraction is performed by direct air capture, based on a novel configuration 
provided by Keith et al. (2018). This method is selected as it enables reducing the CO2 content in 
the atmosphere. Thus, no external CO2 source (conventionally fossil fuel –based applications) 
are not required. Additionally, direct air capture is not restricted considering location and the 





electrolyte in the hydrogen production process introduced in chapter 4.3. The configuration is 
reported to result in a notable decrease in economical costs compared to the previous cost 
estimations on direct air capture applications. 
 
The process consists of two connected chemical loops applying potassium hydroxide as the 
capturing sorbent. In the potassium loop, the aqueous potassium hydroxide (KOH) sorbent 
captures the CO2 from the ambient air blown through the air contactor (block “CONTACTO” in 
the flowsheet) resulting in potassium carbonate (K2CO3) and water. The solution is conveyed to 
the pellet reactor (block “PELLETRE”) where the potassium carbonate reacts with calcium 
hydroxide (Ca(OH)2) forming calcium carbonate (CaCO3) and potassium hydroxide recycled back 
to the air contactor. The calcium carbonate washer applied after the pellet reactor is modelled as a 
separator block to simulate the actual performance of the equipment, separating the remaining 
potassium hydroxide with the water and releasing the gaseous impurities. To release the gaseous 
CO2, the calciner (block “CALCINER”) has to operate at high temperature (in this case, 900 oC). 
The calcium carbonate stream is first dried and heated to 300 oC applying the heat from the steam 
slaker. Before the calciner, the stream is still pre-heated in two steps exploiting the heat from the 
hot CO2 stream. Further heating in the calciner dissociates the compound into calcium oxide and 
gaseous CO2. The required heat is provided by combustion of methane introduced to the calciner. 
The resulting calcium oxide (CaO) is transported into the steam slaker (block “SLAKER”) where 
it reacts with added steam to form calcium hydroxide required in the pellet reactor. The simplified 
process configuration is introduced in Figure 4.1 and the Aspen flowsheet for the CO2 extraction 
process is introduced in Figure 4.2. 
 
 
Figure 4.1. A simplified illustration of the CO2 capture process.   (Keith et al. 2018) 
 
The gas turbine system in the design reported by Keith et al. (2018) providing power to the system 
and a flue gas stream for the CO2 capture equipment is not included to decrease the dependence 
on fossil fuels and more compact process design. This results in a decrease in the produced CO2. 
However, the decrease is relatively low compared to the amount of CO2 obtained from the ambient 
air. Additionally, the CaCO3 loop cycled through the filters and connected to the pellet reactor is 
ignored for simplification as it does not affect the CaCO3 mass balance in the system. 
 
The four main units (air contactor, pellet reactor, calciner and steam slaker) are each modelled as 





these units to model the separation of the different product streams. Additionally, the quicklime 
mix tank is modelled as an RStoic block as the remaining calcium oxide is mixed in it with water 
to provide the amount of calcium hydroxide required in the pellet reactor. The properties of the 
main units are introduced in Table 4.1. 
 
Table 4.1. The main units in the CO2 capture process. 
 






Main reaction, conversion 
efficiency (Keith et al. 2018) 
Air 
contactor 
CONTACTO RStoic 20 1 2 KOH + CO2 → K2CO3 + H2O, 
74,5% conversion of CO2 
Pellet 
reactor 
PELLETRE RStoic 20 1 K2CO3 + Ca(OH)2
 → 2 KOH + 
CaCO3, 90% conv. of Ca(OH)2 
Calciner CALCINER RStoic 900 1 CaCO3 → CaO + CO2, 98% 
conv. of CaCO3 
Steam 
slaker 
SLAKER RStoic 300 1 CaO + H2O → Ca(OH)2, 85% 
conv. of CaO 
 
The streams “LIME-IN” and “LIME-OUT” are representing the aqueous Ca(OH)2 stream 
introduced to the pellet reactor. The streams are separate to simulate the Ca(OH)2 input to the 
process, thus being connected in actual system. Similarly, streams “SORB-IN” and “SORB-
OUT” are representing the sorbent cycle for the air contactor and pellet reactor and connected in 
actual design. They are left unconnected to maintain a degree of freedom for the model to solve. 
 
Compared to the original design by Keith et al. (2018), the heat exchanger network is simplified 
in the model so that only one heat exchanger per stream is applied. This is done to allow Aspen 
Energy Analyzer to find the best configuration for heat integration in this design. The energy 
analysis is introduced in chapter 5.4. 
 
The resulting CO2 stream is fed to a 4-stage compressor applied with inter-stage coolers and 
scrubbers removing most of the moisture in the stream to achieve the desired high purity CO2. 
The compressor outlet pressure is set to 50 bar to match the reactor pressure in the synthesis 
phase. 
 
The model includes three Design-Spec blocks for determining input values for certain streams to 
match the operational conditions reported by Keith et al. (2018). Block “CH4FLW” determines 
the mass flow rate for the combusted methane to achieve 900 oC operational temperature in the 
calciner. Block “O2FLW” determines the mass flow rate for oxygen so that the mass fraction of 
oxygen in the stream leaving the calciner (“S9”) equals to the reported value. Block 











Figure 4.2. Aspen flowsheet of the CO2 capture process.




4.3   Hydrogen production 
 
The hydrogen production is performed by alkaline water electrolysis that is a well-known process 
and extensively applied in industrial applications. Electricity as direct current is applied to split 
water to the high purity hydrogen required in the methanol synthesis and oxygen released as a side 
product. Similarly to the CO2 extraction model, potassium hydroxide acts as the alkaline in the 
solution provided to the electrolyser. The electrolyser is modelled based on reported information 
of equipment (Nel C-300 electrolyser) by Nel Hydrogen (2017). The electrolyser configuration is 




Figure 4.3. The electrolyser process configuration. (Nel Hydrogen 2017) 
 
The aqueous electrolyte mix of 25% KOH concentration is fed to the electrolyser (block 
“ELECTR”) that is modelled as an RStoic reactor block. The product stream leaving the 
electrolyser enters the “H2RCV” Flash2 block separating the wet hydrogen stream from the liquid 
form residual stream consisting mostly of the unreacted aqueous electrolyte and oxygen. The 
residual stream is then separated in “O2RCV” separator block to the electrolyte mix that is recycled 
to the process and high purity oxygen stream. The wet hydrogen is forwarded to “GASSCRUB” 
RadFrac block removing major share of the moisture in the gas. The dry hydrogen is then 
compressed in the “COMPRESS” multi-stage compressor block to 30 bar pressure. The 
compressed hydrogen is fed to the deoxidiser unit (“DEOX”) modelled as an RStoic block where 
the remaining oxygen traces combine with hydrogen resulting in some moisture in the 
“DEOXGAS” product stream. The stream is fed to “DRYER” separator block removing the 
moisture and providing a high purity hydrogen stream containing only traces of impurities 






The flowsheet contains two Design-Spec blocks. Block “SCRBFLW” determines the mass flow 
rate for the scrubbing water (stream “SCRBWT”) so that the temperature in the scrubbed hydrogen 
stream (stream “GAS”) is cooled down to 26 oC before compression. Block “DRYFRAC” defines 
the split fraction for moisture in the separator block “DRYER” so that the moisture resulting in 
the high purity hydrogen stream “PUREHYDR” equals to the reported value by Nel Hydrogen 
(2017). 
 
The Aspen flowsheet of the hydrogen production process is introduced in Figure 4.4.








Figure 4.4. Aspen flowsheet for the water electrolysis in hydrogen production.





4.4   Methanol synthesis and distillation 
 
The synthesis process is modelled as a typical methanol synthesis configuration including a recycle 
loop for the gases remaining unreacted after the reactor. The reactor feed consists of three streams 
(hydrogen, carbon dioxide and recycle streams) mixed before entering the reactor. The hydrogen 
stream leaves the hydrogen production process at 30 bar pressure which is increased before mixing 
in a compressor to 50 bar that is equivalent to the reactor conditions. After mixing, the feed stream 
is heated to 225 oC before it is fed to the reactor. The methanol synthesis reactor is modelled as an 
RStoic reactor block (block “REACTOR”) representing a typical isothermal fixed bed reactor 
cooled by an external water stream. After the reactor, the product stream temperature is decreased 
to 40 oC to achieve liquid form for the components (primarily methanol and water) sent to 
distillation. The unreacted gaseous components are separated from these in a gas-liquid flash 
separator operated in 45 bar pressure to maintain system pressure and reduce compression demand 
and recycled back to the reactor feed stream after purge and compressor. The Aspen flowsheet of 
the distillation process together with the methanol synthesis process is introduced in Figure 4.5. 
 
Three of the primary reactions occurring in methanol synthesis via carbon dioxide hydrogenation 
are considered in the reactor model. These reactions are CO2 hydrogenation, CO hydrogenation 
and reverse water-gas shift. Typical side-reactions such as dimethyl ether and ethanol formation 
are ignored for simplicity and their minor presence in common methanol synthesis reactors. 
 
The reaction rates required as an input in the RStoic reactor model are achieved by a sensitivity 
analysis and comparison with a process configuration provided by Kiss et al. (2016) similar to the 
examined scheme considering the general design. The operating temperature and pressure are 
determined to be 250 oC and 50 bar which are similar to the reaction conditions in the configuration 
by Kiss et al. (2016) and represent typical values found in literature for similar applications. The 
reaction rates are dependent on the applied catalyst. In the study by Kiss et al. (2016), a fibrous 
Cu/Zn/Al/Zr catalyst was applied. Thus, the same catalyst is considered in this research.  
 
Following reaction rates are applied as input for the reactor block: CO2 hydrogenation: 0.099, 
reverse water-gas shift: 0.087 and CO hydrogenation: 1. Thus, CO2 conversion rate (per pass) is 
defined as 17,6 % which resembles the values reported in the study by Kiss et al. (2016) (17,2 %) 
and elsewhere in literature. The difference may be explained and is affected by catalyst and 
equipment selection and other process optimization. All the carbon monoxide produced in the 
reverse water-gas shift reaction is hydrogenated in the following reaction as there should be no 
CO make-up in the process. 
 
The reaction rates are determined based on a sensitivity analysis comparing the reactor inlet and 
outlet stream compositions with those of a largely similar scheme reported by Kiss et al. (2016). 
An error analysis focusing on the differences in CO2 and H2 conversion rates, methanol yield and 
reactor heat generation per feed mass flow ignoring the non-reactants N2 and O2 is applied as a 
basis for the selection. A 25 % weight factor is given to each of these error components. The 
chosen reaction rate values are the ones inducing the smallest error and providing a CO2 conversion 
rate per pass resembling (<1% difference) the reported value in the compared scheme by Kiss et 







The composition of the reactor inlet stream differs to some extent compared to the composition in 
the background model reported by Kiss et al. (2016). This is primarily due to the presence of 
nitrogen and oxygen resulting from the methane combustion in CO2 extraction. In actual process, 
the oxygen in the feed might result in issues such as oxidation reactions in the reactor. This should 
be considered but is excluded from this study. Hydrogen and carbon dioxide are inserted in the 
reactor in a 2,99:1 molar ratio (H2:CO2) which is similar to the stoichiometric equilibrium value 
and values proven to result in efficient conversion rates in literature. (Frilund 2016) (Kiss et al. 
2016) 
 
The purge in the recycle stream is set to 5 % which is relatively large value for typical synthesis 
configuration. This is due to the stream convergence calculation performed in Aspen that induces 
warning/error messages when reducing the purge value. The value could be decreased by a 
different stream convergence method. In this design, the purges from the recycle loop and first 
distillation column are combined and combusted in an RStoic reactor block (block “BOILER”) to 
benefit from these large flow rates that would otherwise be considered as losses. 
 
The distillation phase is modelled as a typical three-column application. Crude methanol stream is 
achieved after the first knockout drum (block “FL1”) separating and recycling the unreacted gases. 
The liquid form crude methanol then enters another knockout drum (block “DIST1”) operated in 
ambient pressure releasing more of the dissolved and unreacted gases as purge. The second 
distillation column is modelled with a RadFrac block (block “DIST2”) and separates most of the 
water in the crude methanol stream. The next RadFrac block (block “DIST3”) is operated as a 
steam stripper removing a major share of the remaining water and resulting in a high purity 
methanol stream. The distillation equipment is operated in atmospheric pressure but the steam 
applied in the last column is inserted in elevated pressure. 
 
 






Figure 4.5. Aspen flowsheet of the synthesis and distillation processes.





4.5   Validation 
 
An essential key figure for every process phase is examined and compared to values from studies 
applied as background/comparison to validate that the simulation model is realistic. These values 
are introduced in Table 4.2. The values are largely similar to each other but some differences are 
found primarily due to different process configurations. Proportionally, the largest difference is 
found in the CO2 extraction process. This may be explained by excluding the external combustion 
of methane for power generation that is proposed in the original design and provides an increase 
in obtained CO2 from its flue gases. 
 
Table 4.2. Key figures for model validation. 
Process phase Parameter Simulated 
value 
Comparison value 
CO2 extraction Produced CO2 / processed air 0,000615 
kg/kg 
0,000681 kg/kg (Keith 
et al. 2018) 
H2 production Feed water consumption 0,939 l / Nm3 
H2 
0,9 l / Nm3 H2  
(NEL Hydrogen, 2017) 
Methanol 
synthesis 
Reactor heat generation / feed 
(ignoring O2 & N2) 
128,4 kJ/kg 131,3 kJ/kg 
(Kiss et al. 2016) 
Distillation Methanol purity 0,996 1,00 
(Kiss et al. 2016) 
 
The main units in CO2 capture, hydrogen production and methanol synthesis are modelled as 
RStoic reactor blocks. These reactor models consider reaction extent and stoichiometry but 
reaction kinetics are not inserted. This is assumed to be sufficient for this research as the extent 
and stoichiometry of the main reactions are achieved from literature and a sensitivity/error analysis 
introduced in chapter 4.4.  
 
The simulation model includes Separator blocks that force the separation of different components 
in the material stream. Thus, they are not directly representing any actual equipment but may 
model actual processes in a more simplified manner. In this case, the inserted Separator blocks are 
applied for simplification to model the reported separations and not impacting the configuration 
in non-realistic means. The included separator blocks and their operational backgrounds are listed 

















Process block Modelling purpose 
SEP1 CO2 capture Separating the sorbent recycle stream 
SEP2 CO2 capture Imitating the CaCO3 pellet washer separating the solids and 
aqueous stream containing potassium compound remains and 
releasing the gases 
SEP3 CO2 capture Separating the CaCO3 seed stream fed to the pellet reactor 
O2RCV H2 production Representing the gas/lye separator producing high purity O2 
and electrolyte mix recycle streams 
DRYER H2 production Representing the dryer removing most of the moisture from 























5   Results 
 
This chapter provides the results from the simulation of the considered methanol production 
process. In addition to the key figures for each process block, the examination of results focuses 
on calculations about energy and material consumption and viewpoints on process optimization. 
 
5.1   Carbon dioxide extraction 
 
The capacity of the examined CO2 extraction process is roughly a quarter of the capacity in 
configuration reported by Keith et al. (2018) considering both the amount of produced CO2 and 
processed air. In their report, Keith et al. estimate a minimum capacity of 100 kt/a of CO2 produced 
to achieve economical feasibility. The configuration in this research requires a production capacity 
more than 300 kt/a of CO2, thus exceeding the reported value for economically feasible minimum 
capacity. However, the decrease in capacity is reported to result in higher costs per amount of 
produced CO2, primarily considering capital cost of the calciner equipment. Key input and output 
figures for the CO2 capture process are introduced in Table 5.1 and the extracted stream data from 
Aspen is introduced in Appendix 2. 
 
A methane stream is combusted in the calciner to fulfill the heat requirement for the CO2 release 
and provide an increase in the produced CO2. Similar configuration is introduced in the original 
report by Keith et al. (2018). Applying renewable-based CH4 should be considered to reduce the 
dependence on fossil fuels. The amount of required methane is achieved by a Design-Spec block 
so that the operational temperature in the calciner matches the defined value (900 oC). The value 
is relatively large, resulting in an issue considering the infrastructure for supplying the required 
methane. 
 
Table 5.1. Key input and output figures for the CO2 capture process. 
 
Parameter Value Unit 
Produced CO2 (from air and CH4 in total) 39 721,4 kg/hr 
CO2 captured from air 29 526,4 kg/hr 
Processed air 64 649,1 t/hr 
Required CH4 3 034,6 kg/hr 
Required O2 12 856 kg/hr 
Required water 162,0 t/hr 
 
An electricity consumption value of 8,84 MW is determined by dividing the reported values with 
the scale factor added with the value for compressor obtained from Aspen. The configuration in 
this research differs to some extent from the reported design as some of the equipment from the 







The amount of required water is large. It consists of the water inserted to the knockout drum (block 
“B13”) together with the water makeup in the steam slaker. 
 
In addition to the reported CaCO3 makeup in the filter system connected to the pellet reactor, the 
CaCO3 seed circulated in the process should not require any additional makeup considering the 
original design from Keith et al. (2018). In the simulation, stream “SEED-OUT” is not providing 
a mass flow rate equal to the stream “SEED-IN” even though all the CaCO3 remaining from the 
calciner is separated to it. Thus, an additional makeup of 149,3 kg CaCO3/hr should be considered 
(in addition to the reported makeup). 
 
In the original design, the quicklime is circulating in the process and would not require any makeup 
besides material degradation. However, the model results for streams “LIME-IN” and “LIME-
OUT” differ from each other to some extent. The primary differences may be found in the flow 
rates of water and potassium-based solutions. Thus, some makeup would be required based on the 
Aspen results. 
 
The produced CO2 stream contains some oxygen and nitrogen resulting from the methane 
combustion in the calciner. Most of the moisture in the stream is removed in the knock-out drum 
and compressor. However, some moisture still remains in the product stream. The composition of 
the produced CO2 stream is introduced in Table 5.2. 
 
Table 5.2. Composition of the produced CO2 stream. 
 






5.2   Hydrogen production 
 
The required amount of hydrogen to reach the considered methanol production capacity equals to 
5 066,5 kg/hr or 57 115 Nm3/hr. This corresponds to 190,4 times the production capacity (300 
Nm3/hr) of the Nel C-300 electrolyser applied as a background for the model. (Nel Hydrogen 2017) 
The requirement for the added water flow equals to the amount of split water in the electrolyser as 
only oxygen is released as a side product and the potassium hydroxide is recycled. The required 
amount of water flow added in the system may be attained by the difference between the 
electrolyser inlet stream and the recycle stream and equals to 53 640 kg/hr. Key input and output 
figures for the hydrogen production process are introduced in Table 5.3. 
 
The electricity consumption of hydrogen production in an electrolyser is substantially large as the 
process is essentially based on electrical current. The reported DC power consumption of the 





considered hydrogen production process lies in the range between 217-251 MW. The applied 
pressure for hydrogen leaving the electrolyser is lower of the reported two values (30 bar/200 bar). 
The report by Nel Hydrogen (2017) does not explicitly define the sources for the power demand 
(e.g. if compressor power demand is included). The power consumption value is assumed to equal 
to 217 MW which is similar to the power consumption of the electrolyser and the compressor 
provided by the Aspen simulation (203,77 MW + 11,1 MW = 214,87 MW). The plant scale is 
substantially large considering that it is in a similar scale to the size of the purposed capacity of 
the Notodden facility in Norway currently under expansion that would provide a 360 MW annual 
production capacity, thus being the globally largest electrolyser plant. (Nel Hydrogen 2018) 
 
The water flow rates required for the hydrogen production process are very large, consisting of the 
added water for the electrolyser and scrubbing water for the gas scrubber. The scrubbing water 
contains relatively low amount of impurities after the scrubbing. Thus, it could be applied to fulfill 
water requirements in other parts of the process and probably recycled in scrubbing. In the original 
electrolyser design by Nel Hydrogen (2017), it is applied to provide the fresh water added to the 
electrolyte mix. The utilization of scrubbing water should be further examined as the flow rate is 
very high equaling to 4 337,9 t/hr. 
 
In general, the power and material (fresh water and electrolyte) requirements for hydrogen 
production in this scale are substantially large especially considering that only renewable 
electricity would be applied. Thus, hydrogen from other sources and/or electricity from the grid 
should be considered. Other possible hydrogen sources include industrial side streams and 
hydrogen from syngas. 
 
Table 5.3. Key input and output figures for the hydrogen production process. 
 
Parameter Value Unit 
Produced H2 5,07 t/hr 
Produced O2 40,1 t/hr 
Electrolyte mix flow rate 207 273,6 t/hr 
Makeup water flow rate 53,6 t/hr 
Power consumption 217 MW 
 
5.3   Methanol synthesis and distillation 
 
Key input and output figures for the methanol synthesis process are introduced in Table 5.4 and 










Table 5.4. Key input and output figures for the methanol synthesis process. 
 
Parameter Value Unit 
Crude methanol production rate 35 043,3 kg/hr 
CO2 input flow rate 39 721,4 kg/hr 
H2 input flow rate 5 066,5 kg/hr 
Reactor temperature 250 oC 
Reactor pressure 50 bar 
Recycle to feed ratio 3,86 mol/mol 
H2:CO2 ratio (feed/reactor inlet) 2,74/2,99 mol/mol 
Reactor heat generation 7,3 MW 
Required electricity load 2,96 MW 
 
The electricity load for methanol synthesis phase consists of the power consumption in the 
hydrogen feed compressor and the recycle stream compressor. 
 
Considering the error analysis presented in chapter 4.4, the heat generation in the reactor (123,53 
kJ/kg) implies the largest difference, being lower than the value (131,27 kJ/kg) achieved from the 
reported data by Kiss et al. (2016). This is primarily explained by the non-reactants, nitrogen and 
oxygen, in the reactor inlet stream which are not participating in the reactions inducing the heat 
generation. When not considering nitrogen and oxygen, the value is more relevant equaling to 
128,4 kJ/kg. 
 




















Table 5.5. Key input and output figures for the distillation process. 
 
Parameter Value Unit 
Methanol production 21,25 t/hr 
Methanol purity 99,6 % 
Steam input flow rate 30 t/hr 
Water output flow rate (first / second column) 9,9/ 32,5 t/hr 
Reboiler heat duty (first column) 11 961,1 kW 
Condenser heat duty (first / second column) -2 176,9 / -21 697,2 kW 
CO2 feed per produced methanol 1,87 kg/kg 
H2 feed per produced methanol 0,24 kg/kg 
Carbon conversion (methanol/CO2) 0,757 mol/mol 
Waste water production 42,4 t/hr 
 
Most of the impurities in the produced methanol stream consist of dissolved CO2. The rest are the 
minor amount of remaining moisture and traces of H2, CO, N2 and O2. The composition of the 
produced methanol stream is introduced in Table 5.6. 
 
The carbon conversion rate is substantially low compared to previous studies. In addition, the CO2 
and H2 feeds per product are relatively high. (Kiss et al. 2016) This is primarily explained by the 
high purge rate due to the Aspen convergence method and the considered configuration in which 
the purges are combusted to produce heat. The heat from the combustion is exploited in the heat 
integration (for instance, covering the heat requirement for producing steam to the last distillation 
column) and produced excess heat could be exploited in power generation. 
The conversion values could be enhanced applying a different convergence method and 
excluding the purge combustion. However, the heat source for steam generation should be then 
fulfilled in other means. 
 
The distillation columns produce large waste water flows at 100 oC temperature containing 184 
ppm of methanol. These streams could be applied in heating purposes elsewhere in the process. 












Table 5.6. Composition of the produced methanol. 
 




H2, CO, N2, O2 1-3 * 10
-6 
 
5.4   Process optimization 
 
Various released side products together with similar requirements elsewhere in the process provide 
possibilities for process optimization through connecting these streams. Major share of these 
streams are steam and liquid water streams of considerable flow rates. Some of them are applied 
for heat transfer purposes. Thus, finding the optimal configuration to for process water network is 
highly advantageous for process efficiency but is excluded in this study. 
 
The pure oxygen stream released from hydrogen production is approximately three times larger 
than the oxygen requirement for the calciner in the CO2 extraction phase. Thus, high costs induced 
by expensive air separation units or purchasing of exterior oxygen may be avoided by combining 
these streams. Additionally, the nitrogen resulting in the synthesis feed stream could be neglected 
if high purity oxygen from electrolysis would be exploited in combustion in the calciner. The 
excess oxygen surpassing the requirements of the calciner is a valuable side product applicable in 
various industrial processes and/or could be applied in the combustion of purges in the 
synthesis/distillation phase. The amount of excess oxygen may be attained from the difference of 
the flow rates of the produced and required oxygen flow rates and equals to 26 654,9 kg/hr. 
 
The model includes several significant heat loads both consuming and producing heat. Thus, a 
heat integration analysis is conducted with the Aspen Energy Analyzer to find the optimal 
configuration considering the heat streams in the whole process. The analysis tool is applied in 
two parts (CO2 extraction and synthesis together with distillation) as separate to avoid excessively 

















Table 5.7. Energy analysis results. 
 
Load Value 
Heating utilities (synthesis and distillation), original 45,6 MW 
Heating utilities (synthesis and distillation), after analysis 0 MW 
Cooling utilities (synthesis and distillation), original 102,5 MW 
Cooling utilities (synthesis and distillation), after analysis 26,8 MW 
Heating utilities (CO2 extraction), original 14,7 MW 
Heating utilities (CO2 extraction), after analysis 0 MW 
Cooling utilities (CO2 extraction), original 16,1 MW 
Cooling utilities (CO2 extraction), after analysis 1,5 MW 
Total savings (synthesis and distillation) 81,9 % 
Total savings (CO2 extraction) 95,2 % 
 
As seen in the results, the system is thermally self-sufficient and no external heating is required (if 
not considering the CH4 combusted in the calciner) with an optimized heat integration. However, 
some cooling is required and considered as losses rejecting heat to the environment. The utilization 
of the excess heat should be examined. For instance, heating of the large electrolyte mix flow in 
hydrogen production (at 80 oC) is excluded in the analysis. 
 
5.5   Power consumption 
 
The entire process includes notable electricity loads. Hydrogen production distinctly accounts for 
the largest share considering electricity consumption. The pumping of processed streams is 
excluded in the calculations. Additionally, the compressor inputs in the model assume 100 % 
isentropic efficiency. Thus, an additional electricity load induced by the pumping and losses in 
compression should be considered in actual design. The shares of electricity consumption in 
















Table 5.8. Electricity loads in different parts of the process. 
 
Process block Electricity load, [MW] Share of total electricity load 
Carbon dioxide extraction 8,84 3,9 % 
Hydrogen production 217 94,8 % 
Methanol synthesis 2,96 1,3 % 
Distillation 0 0 % 
 
The distinctly largest electricity load is induced by the hydrogen production phase. Water 
electrolysis equipment are typical applications for exploiting renewable electricity. In this scale, 
the electricity load is substantially large and would require immoderate electricity production 
considering average renewable resources. Thus, dependence on electricity from the grid or 
hydrogen feedstocks from other sources should be examined. Considering only methanol 
synthesis, the consumed electricity per ton of product seems to be reasonable equaling to 139 
kWh/ton of methanol. 
 
 
5.6   Summary of plant performance 
 
This section provides a summary of the results for plant performance focusing on viewpoints on 
energy and material consumption and their efficiencies.  
 
5.6.1   Material consumption 
 
The mass balance of the entire process is defined comparing the inputs and outputs of the system 
as there is no accumulation of materials in the process. Exclusively, the material streams 
contributing to the product streams are considered and other operational streams are excluded from 
the material efficiency calculations. Thus, the streams considered as inputs are: 
 
 carbon dioxide from air 
 methane and oxygen for the calciner in CO2 extraction 
 water added in the electrolysis 
 
and the streams considered as outputs are: 
 
 methanol 
 oxygen from electrolysis 
 
Figure 5.1 presents an illustrated definition for the mass balance boundaries and the flow rates of 







Figure 5.1. Illustrated definition for the considered mass balance boundaries. 
 
Table 5.9. Flow rates in the mass balance. 
 
Material Mass flow rate, [kg/hr] 
CO2 29 526,4 
Water 53 640 
O2,in 12 856 
CH4 3 034,6 
Methanol 21 250 
O2,out 40 102,6 
Losses 37 704,4 
 
The primary output streams (methanol and oxygen) contribute to 61,9 % of the inputs. Considering 
only methanol, the ratio equals to 21,5 %. The losses in mass balance equal to 37 704,4 kg/hr, 
contributing to 38,1 % of the total mass flow of inputs. The losses consist of: 
 
 purge in the recycle loop in methanol synthesis 
 unreacted gases released as purge in the first distillation column 
 water production in synthesis and released in the distillation columns 






The largest material requirements consist of water makeup for water electrolysis and methane fed 
to the calciner in the CO2 extraction process if the required oxygen is considered to be fulfilled by 
the oxygen produced in the electrolysis. A major share of the other (operational) material loads in 
the process may be fulfilled by circulating the processed streams, as well. The degradation of 
potassium hydroxide acting as the sorbent in CO2 capture and electrolyte in the hydrogen 
production as well as the degradation of the methanol synthesis catalyst induce a demand for 
replacing them at an adequate rate. This should be considered in the actual process design but is 
excluded in this study. 
 
The mass balance could be examined considering different process phases as separate, as well. 
Table 5.10 describes the inputs and outputs together with the conversion ratios for mass balance 
of each process phase. 
 
Table 5.10. Mass balance inputs, outputs and conversion ratios for different process steps. 
 
Process phase Input(s) Output(s) Conversion ratio (output(s) / 
input(s)) 
CO2 extraction CO2 from air 
CH4 
O2 
CO2 87,5 % 














In CO2 extraction, the losses are mostly water produced in the consumption of methane. In H2 
production, the moisture resulting in the H2 stream from the electrolyser contributes for the losses. 
The large purge ratio and water production in the synthesis reactions are primary reasons for losses 
in methanol synthesis and distillation phases. 
 
Carbon conversion rate describes the molar conversion of inputs (carbon dioxide and methane) to 
outputs (methanol) containing carbon. The amount of CO2 is determined to equal with the amount 
of CO2 captured in the air contactor in the extraction phase to correlate with the carbon conversion 
efficiency of the entire plant. Thus, the amount of CO2 equals to the molar amount of CO2 in the 
stream “AIR-IN” diminished with the molar amount of CO2 in the stream “AIR-OUT”. The value 











Thus, the carbon conversion rate of the entire process equals to 0,767. Similarly to the carbon 
conversion value determined in chapter 5.3, the relatively low value may be primarily explained 
by the high purge rate in the synthesis process. 
5.6.2   Energy consumption 
The total amount of energy consumed in the methanol production process compared to the energy 
released in its combustion defines the energy efficiency of the entire process design. The energy 
released in the combustion is defined by the lower heating value (LHV) of the combusted 
component. LHV for methanol is 19,9 MJ/kg and LHV for methane is 50,0 MJ/kg. (The 
Engineering ToolBox) 
The total amount of consumed energy consists of electricity consumption in various parts of the 
process and methane fed to the calciner in CO2 extraction. Energy loads considered as outputs are 
methanol (LHV basis), cooling utilities and other losses. Different shares in the energy efficiency 
calculations are introduced in Table 5.11. 
 
The energy consumption is calculated considering the heat integration system determined after 
applying Aspen Energy Analyzer for the model. As seen in the energy analysis results introduced 
in chapter 5.4, all the heat loads in the process could be covered with optimized heat integration. 
However, some cooling loads are resulting still after the optimization as reject heat to the 
environment and considered as losses. The value for the total cooling load is determined from the 
values obtained after the energy analysis. 
 
Table 5.11. Shares in the energy efficiency calculations. 
 





Other losses 126,1 
 
The consumed energy per produced methanol equals to 12,8 MWh/ton of methanol. Considering 
electricity load exclusively, the value equals to 10,8 MWh/ton of methanol. Comparing to previous 
studies, the energy consumption values seem to be reasonable considering the configuration of the 
plant that covers the whole process including CO2 extraction and hydrogen production. A major 
share of the electricity load is induced by hydrogen production. Other process configurations such 
as feedstocks from other sources would have a large impact on the energy consumption values. A 





























10,8 9,2 12,0 10 10,9 7 
Energy conversion 
efficiency 
43,1 % 18,4 – 23 % 17,6 % 21 % 45,6 % 25 % 
 
The comparison of energy consumption between different studies is challenging as the reported 
values include different loads depending on the research in question. However, the comparison 
provides a view on the differences between the values from different process configurations. The 
study from Bellotti et al. (2017) is based on a largely similar configuration but where CO2 is 
extracted from the flue gases of a coal power plant and hydrogen is produced via PEM electrolysis. 
The study by Galindo Cifre and Badr (2007) focused on methanol production via biomass 
gasification and provided lowest values considering electricity consumption even though the 
electricity load for water electrolysis was included. The other three studies investigated 
conventional CO2 hydrogenation to methanol –plants where CO2 was captured from flue gases. 
Specht et al. (1998) and Sakamoto and Zhou (2000) also included the delivery of CO2 in their 
calculations. In general, the novel design in this study seems to be competitive with other methanol 
production processes considering both electricity consumption and energy conversion efficiency. 
 
Plant overall efficiency describes the process comparing its inputs and outputs. The input value 
equals to the amount of consumed energy consisting of the same components as considered in the 
energy efficiency calculations previously introduced in this chapter but excluding the cooling 
loads. The outputs are determined for methanol exclusively applying both lower heating value 
(LHV) and higher heating value (HHV) as a basis. LHV basis represents the efficiency considering 
the produced methanol to be exploited as a fuel and HHV basis represents the efficiency of 
methanol exploited as a chemical feedstock. The higher heating value for methanol is 23,0 MJ/kg. 





     (Eq. 5.2) 
 
𝜂𝐻𝐻𝑉  = 
𝐻𝐻𝑉𝑚𝑒𝑡ℎ𝑎𝑛𝑜𝑙∗ 𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤𝑚𝑒𝑡ℎ𝑎𝑛𝑜𝑙
𝐸𝑖𝑛
     (Eq. 5.3) 
 








5.7   Suggestions 
 
PEM and SOEC electrolysers provide interesting options for the conventional alkaline 
electrolysers. The more compact design considering PEM electrolysers and the electrical energy 
efficiency considering SOEC electrolysers (when enough thermal energy is available) are 
preferred compared to alkaline processes. In addition, the potential in dynamic operation of PEM 
electrolysers is an advantage in processes where fluctuating renewable electricity is applied. 
However, PEM electrolysis is largely cost-intensive and both PEM and SOEC electrolysers would 
require more research and development to reach higher feasibility in industrial operation. 
 
Various catalysts have been examined for methanol synthesis that overcome the most applied 
Cu/ZnO/Al2O3 -compound and the Cu/Zn/Al/Zr compound considered in this study. The main 
advantages of the novel catalysts are increasing the selectivity for CO2 hydrogenation reaction and 
methanol yields. Further research and development of the operation of the novel catalysts would 
provide possibilities to increase the efficiency of the system and investigate their feasibility. 
 
Further process optimization is suggested to reduce the energy and material requirements per 
produced methanol. In this study, more profound optimization of water flows (integration and flow 
rates) is excluded and leaves a large potential for further research. The large amount of purge in 
the synthesis phase induces excess losses considering feed conversion ratios compared to typical 
designs from previous studies. This should be optimized in the model design, as well. However, 
the proposed design in this study for combustion of purges removes all the heating requirements 




















6   Conclusion 
 
This thesis examined the production of methanol via carbon dioxide hydrogenation. Methanol is a 
chemical that is primarily applied as a fuel or base chemical in chemical industry. It may be 
produced from several feedstocks and in various pathways. Renewable methanol production is one 
of the most promising methods in sustainable power-to-liquids/power-to-fuel scenarios. 
 
For this thesis, a simulation model was built in Aspen Plus software to investigate the whole 
methanol production process from CO2 capture from ambient air and hydrogen production via 
water electrolysis to distilled high purity methanol. The discussed methods resulted in a novel 
process configuration considering the complete plant design. 
 
The considered scale (170 000 tons of methanol per year) results in high material and electricity 
demand, posing a question about potentially suitable locations especially if renewable electricity 
would be exclusively applied. This is primarily due to the substantially large power and material 
requirements (217 MW of electricity and 53 640 kg/hr of fresh water for the electrolyser and even 
more as scrubbing water) in the hydrogen production. Thus, at least partial hydrogen feedstock 
from other sources and/or electricity from the grid should be considered. Apart from hydrogen 
production, the process seems to be reasonable considering requirements per product. 
 
The CO2 capture process from ambient air provides an interesting possibility to reduce the amount 
of CO2 in the atmosphere and dependence on conventional fossil fuel –based methods in CO2 
extraction especially if renewable-based methane is considered in heating of the calciner. The 
process seems to be feasible considering the energy requirements per produced CO2. After the 
energy analysis, all the heating loads and most of the cooling loads could be covered with 
optimized heat integration. However, large water flows are required for this process phase, as well.  
 
Process optimization plays an important role as the considered plant configuration includes several 
large material and heat loads. A heat integration analysis was performed with Aspen Energy 
Analyzer tool. As seen in the results, all of the heating requirements in the entire process could be 
covered with optimized heat integration. However, some cooling requirements still remain 
rejecting heat to the environment. The largest material requirements consist of water/steam streams 
applied in various stages of the process. In addition, the high purity oxygen produced in water 
electrolysis and applied in methane combustion in the calciner (and/or combustion of purge 
streams in methanol synthesis) provide interesting options for process optimization. Further 
examination on these is suggested. 
 
In general, a plant of a smaller scale would be more feasible as the material and electricity 
requirements in this design are relatively large. The most potential options to increase the plant 
feasibility would probably be to decrease the overall scale and to apply possible available 
hydrogen feedstocks from e.g. industrial side streams. However, the economical feasibility of the 
CO2 capture process decreases in relation to the scale. Further examination is suggested related 
to the plant scale and feedstocks from other sources. 
 
Overall, the novel configuration considered in this study seems to be competitive with 
conventional methanol production methods considering its efficiency. The obtained plant 





relatively large share of the feeds for the synthesis are purged. However, the carbon conversion 
rate considering the whole process remains relatively low due to the large amount of purges. The 
values could be further improved as the research leaves a large potential in optimization of the 
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Appendix 1. Error analysis for determining the synthesis reaction rates. 











































































































Appendix 3. Stream data for the synthesis and distillation processes extracted from the Aspen Plus model. 
 
 
 
 
 
 
  
 
 
 
 
 
 
 
 
 
  
 
 
 
 
 
 
 
 
 
  
 
 
 
